Concentration-thermal swing adsorption (CTSA) using an ethanol-selective adsorbent can be an attractive option to reduce the energy costs associated with the separation of ethanol from water. In this process, ethanol regeneration is the only step with significant energy consumption, in which the adsorbent column saturated with liquid ethanol is purged with a hot inert gas to recover ethanol by condensation. Despite many showing interest in applying CTSA, the method has received little attention in the open literature, and consequently little information is available about its energy requirement. In this work, we experimentally measured the regeneration dynamics of a heated silicalite column saturated with liquid ethanol by air purge using different column wall temperatures and purge gas flow rates. Using a theoretical model based on conservation equations, the mass and heat transfer kinetics in this process are adequately reproduced. The proposed model has been used to estimate the overall energy requirement of the ethanol vapourization/desorption and the subsequent condensation processes.
INTRODUCTION
The conventional technology for producing bioethanol, which is based on distillation to separate the ethanol-water mixture in the fermentation broth (from 4-10% ethanol to >99.5% w/w), is a very energy-intensive process. The energy costs to separate an ethanol-water mixture from 6.4% to 99.5% (w/w) ethanol by azeotropic distillation have been estimated to be 35 MJ per kg of ethanol product (EP), which is higher than the energy content of ethanol (26.5 MJ/kg) (Cardona and Sánchez 2006) . Therefore, identifying other alternatives for separating ethanol is highly desirable. Among these alternatives, adsorption-based processes are rather promising, wherein waterselective adsorbents are used (Chang et al. 2006a,b; Simo et al. 2008; Jeong et al. 2009; Wang et al. 2010) . However, an initial distillation step is needed to remove most of the water in the mixture (up to 92% w/w ethanol). Ethanol-selective adsorbents are useful for reducing the energy costs of this separation because ethanol is the minor component in the fermentation broth. If ethanol can be separated from the ethanol-water mixture by adsorption, the high energy consumption due to vapourization of water is avoided. However, the estimation of the energy required for regenerating the adsorbent loaded with ethanol is not trivial, because it depends on the method used and on the operating conditions. Hashi et al. (2010a,b) have proposed to strip ethanol from the fermentation broth with carbon dioxide, and to recover it by adsorption on ethanol-selective adsorbents; however, they did not evaluate the energy consumption. Pitt et al. (1983) proposed an adsorption-desorption process to recover ethanol based on the selective sorption of ethanol on a column packed with hydrophobic adsorbents. The column (adiabatic column) was regenerated using hot air, and the desorbed ethanol was recovered by condensation (with 69% recovery). The energy requirement of this process was estimated at 10 MJ/kg (including the efficiency in the generation of electrical energy), where the most important contribution came from air compression for regenerating the column (61%). Nonetheless, experimental data on the heat and mass transfer dynamics in the regeneration were not reported.
Another cyclic adsorption process named concentration-thermal swing adsorption (CTSA) was proposed for the separation of bulk liquid mixtures (Rao and Sircar 1993) , which can be used in the ethanol-water separation with ethanol-selective adsorbents. Water is removed from the column by rinsing it with a portion of the liquid EP (ethanol rinse step). The column saturated with liquid ethanol is then regenerated by gas purge, by increasing the temperature in the column above the ethanol boiling point. The energy consumption in this process is only important in the regeneration step, because in the other steps, only liquids are moved in the system. Despite its potential capacity, this process has received little attention in the literature. In a recent work (Delgado et al. 2012) , we have shown that a modified CTSA process using silicalite as the adsorbent (with high selectivity towards ethanol) can yield fuel-grade ethanol (>99.5%) with high percentage of recovery (>95%) from a diluted ethanol-water mixture (8%). However, very little information is available in the literature about the energy requirement of the regeneration step in this or other similar processes (air regeneration of an adsorbent column saturated with a valuable liquid).
The objectives of this work are (i) to experimentally study the mass and heat transfer kinetics in the regeneration of an externally heated column packed with silicalite pellets saturated with ethanol by air purge; (ii) to develop a model which describes the dynamics of this process and (iii) to study the effect of the column wall temperature and the purge gas flow rate on the regeneration energy requirement using the model as a simulation tool.
EXPERIMENTAL SETUP
Absolute ethanol (>99.5% v/v) was purchased from Panreac (Spain). Silicalite, in the form of spherical pellets of 3 mm, was supplied by Süd-Chemie (Product T-4722). The pellets were crushed and sieved, and the fraction with sizes between 250 and 500 µm was used in the experiments. We chose this range of particle sizes because such sizes were found to be adequate for separating liquid ethanol-water mixtures with a column packed with the same adsorbent as the one used in this work. This separation was studied experimentally elsewhere (Delgado et al. 2012) , and it was observed that the particle size has an important effect on the mass transfer resistance in the adsorption column. Furthermore, our simulation results show that this range of particle sizes would result in an acceptable drop in pressure levels during the air regeneration of an industrial column (4 m long). The order of magnitude of the studied particle size is reasonable for a CTSA process, because adsorbent particles of 500 µm are proposed in the literature (Rao and Sircar 1993) . The model used takes into account the pressure drop in the column by applying the Ergun equation [equation (2)].
The properties of the adsorbent are given in Table 1 . The pore-size distribution obtained with mercury porosimetry is shown in Figure 1 . The experimental setup consists of a thermostatted column (covered with Kapton heater tape) packed with an adsorbent (10 cm of bed) resting on an analytical balance and connected to a source of air or liquid. The evolution of the ethanol mass retained in the column (m) and the column temperature at 9 cm from the inlet of the bed (z/L = 0.9) are recorded with time. The experimental setup and the methodology used have been described elsewhere (Delgado et al. 2010) .
THEORETICAL MODEL
The theoretical model is based on the mass, energy and momentum balances that govern the process. The radial concentration and temperature gradients are neglected. The differential equation for the total mass balance in the interstitial volume is given as follows:
(1)
where C is the total gas concentration, t is time, ε is the void fraction of the bed, u is the superficial velocity (volumetric flow rate/bed cross-section) and z is the axial coordinate. Equation (1) has already been proposed in the literature (without N unbound ) for the simulation of pressure swing adsorption columns (Da Silva and Rodrigues 2001) . N unbound is the mass transfer rate of unbound ethanol between the gas and the liquid phase, and N bound is the mass transfer rate of bound (adsorbed) ethanol between the gas and the adsorbed phase. The ideal gas law gives the relationship between concentration, pressure and temperature in the gas phase. The momentum balance is described by Ergun's equation as follows:
(2)
where µ is the gas viscosity, ρ g is the gas density and d p is the adsorbent particle diameter. The differential mass balances of ethanol and inert gas in the gas phase are as follows:
(3)
where y is the mole fraction in the gas phase and D L is the axial dispersion coefficient. This parameter has been estimated using a literature correlation (Ruthven 1984) 
where D m is the ethanol-air molecular diffusivity (taken as 1.35 × 10 -5 m 2 s -1 at 298 K). In equations (3) and (4), and in the corresponding boundary conditions, i.e. equation (14), it is assumed that the axial dispersive flux of each component is proportional to the gradient of the corresponding mole fraction (Hottel et al. 2008; Levan and Carta 2008) . Neglecting the heat transfer resistance between the gas and the adsorbent particles, the heat balance equation can be written as follows:
where λ is the heat axial dispersion coefficient, (-∆H unbound ) is the condensation enthalpy of unbound ethanol, (-∆H bound ) is the adsorption enthalpy of bound ethanol, h w is the gas-wall heat transfer coefficient, r w is the column radius, T w is the column wall temperature, c p and c v are the heat capacities at constant pressure and constant volume for the corresponding phase (g = gas, s = solid, l = liquid ethanol), and q unbound, bound are the concentrations of unbound and bound ethanol (in mol kg -1 of adsorbent). The following values of the heat capacities have been used: c p,g = 29 J mol -1 K -1 , c v,g = 20.7 J mol -1 K -1 , c p,s = 1000 J kg -1 K -1 , c p,l = 115 J mol -1 K -1 . The parameter c p,g 
The mass balance for unbound ethanol is as follows:
where k unbound is a global mass transfer coefficient (in m 3 void m -3 bed s -1 ), and p s is the ethanol vapour pressure. The function p s (T g ) is given by the Antoine equation (Reid et al. 1977 ).
(9)
The condensation enthalpy of ethanol (-∆H unbound ) is calculated by applying the van't Hoff law to equation (9):
(10)
The mass transfer rate of bound ethanol between the gas and solid and the mass balance for bound ethanol are given as follows: (11) where k s is the mass transfer coefficient of ethanol in the adsorbed phase. The function q(Py ethanol , T g ) is the ethanol adsorption isotherm, which is described using the Langmuir equation. The temperature dependence of k s is given by (Delage et al. 2000) :
where k s0 is a pre-exponential factor, and ∆H bound is the adsorption enthalpy of ethanol.
Because traces of water may be present in the column during the regeneration step in a real process, this trace amount of water has been neglected in our study. As the column would come from a previous step where it has been rinsed with fuel grade ethanol [purity >99.5% (w/w)] until it is completely saturated with ethanol, this assumption is justified. 
The boundary conditions are given as follows:
where L is the bed length, Q F is the volumetric flow rate of the inert gas at the bed inlet, T g,F is the feed gas temperature (both measured at room conditions), S bed is the column section and y i,F are the mole fractions of ethanol or inert gas in the feed gas. The value of P atm considered in the experiments is 94,000 Pa (an average value of pressure measured in our laboratory). To estimate the energy requirement in a theoretical installation with a long column P atm is taken as 10 5 Pa and the pressure drop outside the column is not taken into account (Pitt et al. 1983 ). This pressure drop depends on the detailed geometry of the air flow path in the condensation system, which is not considered in our calculations.
The used boundary conditions (Danckwerts' boundary conditions) near the column inlet are required to impose the desired total molar flow rate and the desired composition of the feed gas. Equation (13) at z = 0 is used to set the pressure to the value required to drive the feed gas at the desired rate. At the column inlet, equation (14) is used to impose the desired mole fraction of each component in the feed gas, and equation (15) is used to impose the desired feed gas temperature. It must be noted that the feed gas mole fractions and its temperature are not equal to the values in the column at z = 0 when the corresponding gradients at this position are important, due to the dispersion terms in equations (14) and (15). The initial conditions used in our experiments are the following:
where T 0 is the initial bed temperature, W is the mass of adsorbent, M ethanol is the molecular weight of ethanol and m 0 is the initial mass of ethanol retained in the bed (unbound + bound). The initial concentration of bound ethanol in the column is estimated as the maximum adsorption capacity extrapolated from the measured vapour-phase adsorption isotherm (q max ). The mass of ethanol retained in the column at any time is calculated using the following equation: t 0 z P P y 0 y 1 T Tatm e thanol gas g 0 bound max
The complete model was solved numerically using the PDECOL package (FORTRAN version of 1987) , which uses orthogonal collocation on finite elements technique. 
RESULTS AND DISCUSSION
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where q max is the maximum adsorption capacity, b is a the adsorption affinity, b 0 is a preexponential constant and ∆H bound is the adsorption enthalpy of bound ethanol. A comparison between the experimental and predicted equilibrium data is shown in Figure 2 , where lines link the predicted equilibrium data. The calculated values of the Langmuir parameters are given in Table 2 . The validity of the Langmuir model for the description of the ethanol adsorption mechanism on silicalite suggests that the interaction between the adsorbed ethanol molecules and the silicalite pore walls is stronger than the lateral interactions between the adsorbed ethanol molecules. It can be assumed that the adsorption enthalpy (-∆H bound ) does not depend on the degree of pore filling. 
Modelling of the Column Regeneration Experiments
Several regeneration experiments were carried out with different initial bed temperatures and airflow rates. The operating conditions of the experiments are shown in Table 3 . The weight decay curves and the temperature histories of experimental ethanol are shown in Figures 3 and 4 . The initial fast weight drop in Figures 3(a) and 4(a) is due to draining, before the commencement of ethanol vapourization. The kink observed in the weight curves indicates the consumption of unbound ethanol. After that, the regeneration rate goes down because bound ethanol desorbs at a slower rate than unbound ethanol. The higher the column temperature, the shorter the regeneration time, because the rate of ethanol vapourization strongly increases with increases in temperature. The proposed model was validated by checking its ability to reproduce the regeneration experiments. Several model parameters were left as adjustable parameters, because they could not be estimated with enough accuracy beforehand: the initial mass of unbound and bound ethanol (m 0 ), the wall-gas heat transfer coefficient (h w ), the axial thermal dispersion coefficient (λ), the global mass transfer coefficient of unbound ethanol (k unbound ) and the mass transfer parameter of bound ethanol (k s0 ). It is not possible to determine m 0 accurately from the experimental curves, because there is no clear limit between the draining and vapourization periods. This parameter could be estimated a priori assuming that at the end of the draining period the liquid ethanol in the voids between the adsorbent particles has been completely removed, and only the ethanol filling the internal particle volume remains. On this basis, the value of m 0 should be constant for all the experiments, yielding a value of about 2.2 g. However, we observed that the experimental weight decay curves could be reproduced better if this assumption is relaxed, which can be attributed to the fact that some ethanol drops may remain stuck to the external surface of the adsorbent particles at the end of the draining step, and this amount can change moderately between experiments with different gas flow rate and initial temperature. Otherwise, if m 0 is fixed to 2.2 g in most of the experiments (except Run 3, which is commented below), the estimation of the rest of model parameters would be affected by the fact that the theoretical weight curve starts from a point quite far away from the experimental weight decay curve at short times. In this case, the estimated model parameters would depend on the initial difference between the theoretical value of m 0 and the experimental weight decay curve, which must be reduced at longer time intervals in the fitting procedure. The adjustable model parameters were estimated by fitting the model to the experimental results. The fitting criterion was to minimize the absolute relative error in the prediction of the regeneration degree, defined as (m 0 -m)/m 0 , plus the absolute relative error in the prediction of the column temperature. The error was estimated in the period when 0 < (m 0 -m)/m 0 < 0.995. The regeneration degree was proposed to evaluate the model efficiency because it is used for designing the regeneration step. The parameter k s0 [the pre-exponential constant in equation (12)] was fixed for all the experiments, and the parameters h w and λ were fixed for the experiments with the same gas flow rate. The predicted curves are shown in Figures  3 and 4 , and the resulting values of the model parameters are given in Table 3 . The values of m 0 for the regeneration experiments performed at temperatures above the boiling point of ethanol (351 K, Runs 3 and 6 in Table 3 ) are lower than the values in other experiments due to the vapourization of ethanol during the heating of the column. For these experiments, the column was loaded first with liquid ethanol at room temperature, and heated afterwards until reaching a constant temperature. For the other experiments, the column was heated first and loaded with ethanol afterwards. The value of m 0 for Run 3 is quite close to the theoretical value considering that only the particle volume is filled with ethanol at the end of the draining step (about 2.2 g), which can be attributed to the fact that at high temperatures the draining of the column is easier as the viscosity of liquid is lower. The wall-gas heat transfer coefficient increases with the gas flow rate, indicating that the heat transfer resistance in the gas film in contact with the wall is significant in the studied conditions. The heat axial dispersion coefficient also increases with the gas flow rate, due to the contribution of fluid flow to dispersion (Suzuki 1990) . The average error in the prediction of the regeneration degree is 2%, while for column temperature it is 1%. Figures 3 and 4 show that the model is able to describe the experimental data satisfactorily. It is important to note that the estimated values of the model parameters should be considered as apparent values, as a simplified model has been used to describe the experimental data. The advantage of this approach is that the number of required model parameters is reduced and that the model resolution is simplified. In particular, it was assumed that the mass transfer parameter of unbound ethanol vapourization and the gas to solid heat transfer coefficient are infinite, which was considered only because a good reproduction of the experimental data is obtained with these assumptions. The estimation of these parameters from fundamental equations is quite difficult, as it involves the description of a complex drying process, where the radial temperature gradients inside the column and in the particle may be important. The estimated values of the axial thermal dispersion coefficient (λ) are rather high as compared with the air thermal conductivity (0.024 W m -1 K -1 ). This parameter should be considered as an apparent value, which includes the effect of the motion of gas along the column on axial heat dispersion and the external gas-particle heat resistance, which is probably not negligible. The estimated value of the mass transfer parameter of unbound ethanol (k s0 ) includes the effect of the external gas-particle mass transfer resistance. Despite these limitations, the model is able to reproduce the experimental concentration and temperature profiles in the system, and thus it can be used to design the studied process.
Energy Use in the Regeneration Step
To estimate the energy requirement of the regeneration step, the process flow sheet shown in Figure 5 has been considered. The enthalpy changes have been calculated taking the reference state for ethanol as the liquid state at 273 K. For air and the adsorbent, the reference state was the standard state at 273 K. The column that is initially loaded with liquid ethanol at 298 K (after being drained) is heated through the column wall, whose temperature is set to T w , and purged with air at a volumetric flow rate equal to Q F (measured at 1 bar and 298 K). The air stream is compressed from 1 bar up to P out,compr to overcome the column pressure drop, and it is heated to T w . The heat input in the column, per kg of vapourized ethanol, is calculated as follows: (19) where t reg is the duration of the regeneration step, defined as the time at which the degree of regeneration is 99.5%, i.e. [m 0 -m(t reg )]/(m 0 -m ) = 0.995. The amount of adsorbed ethanol in equilibrium with the partial ethanol pressure in the feed air stream cannot be desorbed. The heat input to warm up the incoming gas is expressed by equation (20): (20) where T out,compr is the temperature at the compressor outlet: where P out,compr = P z=0 , η C is the compressor isentropic efficiency (taken as 0.85) and k is the polytropic exponent (taken as 1.4). If T out,compr > T w , the integrand in equation (20) was set to zero. The value of c p,gas has been taken as 29 J mol -1 K -1 . The compressor work input is calculated as shown in equation (22): (22) The enthalpy content in the effluent from the column is shown in equation (23): (23) where F i is the molar flow rate of component i. In equation (23), c p,ethanol was set to 65 J mol -1 K -1 . The condensation enthalpy of ethanol at temperature T (-∆H T ) was calculated using equation (10). The effluent is cooled down to 308 K in order to recover its latent and sensible heat. Its remaining enthalpy after being cooled to 308 K is as follows:
where y o ethanol (T) is the ethanol mole fraction in the gas phase saturated with ethanol at temperature T. Thus, the amount of recoverable heat from the column effluent can be calculated as follows: (25) It is assumed that the recovered heat is reused in other energy-demanding stages in the bioethanol production process apart from the ethanol-water separation, such as the pre-treatment of the raw materials, evaporation to concentrate the non-volatile compounds in the aqueous effluent and drying of the solid residues (Cardona and Sánchez 2006; Galbe et al. 2007 ). The recovered heat can be used to pre-heat the feed streams to these stages initially at ambient temperature (taken as 298 K). In the same way, the sensible heat stored in the adsorbent can be recovered in the cooling step following the regeneration step (Rao and Sircar 1993) . It is assumed that liquid water at 298 K is fed to the column to cool it down. The amount of heat recovered in the effluent from the cooling step is calculated as follows:
The heat used to warm up the column wall is not considered because it can be significantly diminished with a thinner wall column or if a different material is used (Gales et al. 2003) . Moreover, this heat can be recovered in the same manner as the sensible heat stored in the adsorbent. On this basis, the recovered amounts of heat in the regeneration and cooling steps are subtracted from the heat input in the column to calculate the overall heat requirement in the regeneration. The effluent at 308 K is then sent to a condenser operating at 1 bar and 273 K, where the liquid ethanol is recovered. The air saturated with ethanol is heated to ambient temperature (298 K), and is sent to the compressor. The recovered liquid ethanol at 273 K exchanges heat with the column effluent at 308 K to reduce the condenser duty. The amount of heat recovered by the liquid ethanol stream coming from the condenser is calculated as follows:
The condenser duty is calculated as follows:
where h 273K is calculated by replacing 308 K with 273 K in equation (24).
The overall heating requirement is calculated as follows: where n ethanol,F is the adsorbed concentration of ethanol in equilibrium with the feed liquid mixture to be separated. For the typical ethanol concentration range in the fermentation broths (4-10% w/w), the value of n ethanol,F in the silicalite pellets is approximately 0.073 kg ethanol /kg pellet [measured experimentally in our previous work (Delgado et al. 2012) ]. The ratio of vapourized ethanol to net EP can then be calculated as (m 0 /W)/n ethanol , F = 0.45/0.073 = 6.2. Thus, the energy requirement per kg of EP can be estimated as follows:
An interesting result is that the energy requirement changes little for the typical ethanol concentration range in fermentation broths, because of little changes in the value of n ethanol,F in silicalite pellets (Delgado et al. 2012) . The regeneration step starts with the column loaded with liquid ethanol regardless of the feed ethanol concentration, and the multiplying factor deduced previously to estimate the energy requirement per kg of EP is approximately constant. To simulate the regeneration with a column of reasonable size for an industrial process, the column length in the model was set to 4 m (Delgado et al. 2012) . The rest of operational variables in the model are the same as in the regeneration experiments (Run 2 in Table 3 for Q F = 2.1 × 10 -6 m 3 s -1 , and Run 5 for Q F = 11 × 10 -6 m 3 s -1 , with the same ratio m 0 /W as in these runs, 0.45 kg ethanol /kg pellet ), except for the initial column temperature (298 K) and the column wall temperature. Inlet gas temperature = 423 K. As the outlet gas temperature is below 308 K in this case, heat recovered from the effluent gas is not considered (H g,rec and H r,rec in Figure 5 are set to zero).
Effect of the Column Wall Temperature on the Energy Requirement
heating (adiabatic column) is also included. The sum of the recoverable heat from the effluent (H g,rec ) and from the adsorbent (H s,rec ) is approximately 7 MJ per kg of EP in all the simulations (around 65% of the heat input in the column). Hence, the heat recovery has a great impact on the regeneration energy efficiency. The total energy demand for other processes apart from the ethanol-water separation in a bioethanol production process is rather high [more than 20 MJ of primary steam per kg of EP (Galbe et al. 2007) ]. Thus, the reuse of the recovered heat in other stages seems feasible. The condenser duty (H r ) and the compression energy (W c ) decrease as the column wall temperature is increased. This is due to the reduction in the air requirement.
Simulations 5 and 8 in Table 4 show the effect of using direct (adiabatic column) or indirect heating. Although the heat input is lower with direct heating, the energy cost of compression and refrigeration is more elevated, resulting in much higher energy consumption (18.5 vs. 4.1 MJ kg -1 ). demand decreases continuously with the temperature, suggesting that a column wall temperature as highest as possible is recommendable. However, this criterion does not take into account the fact that the higher is the temperature of the heat source, the higher is the cost of energy. To consider the temperature of the heat source in the estimation of the energy cost, the heating requirement (H ov ) has been converted into potential work, defined as the maximum obtainable work from H ov for a given temperature of the surroundings (298 K) (Cengel and Boles 1998) . The work requirement per kg of EP is then estimated as follows:
The effect of the column wall temperature on W net is also presented in Figures 6(a) and 6(b). It is observed that an optimal temperature appears for the two studied purge gas flow rates (423 K for Q F = 11 × 10 -6 m 3 s -1 , and 403 K for Q F = 2.1 × 10 -6 m 3 s -1 ). The minimum in the work requirement comes from the compromise between the reduction in the compression and refrigeration work as the temperature is increased, and the increase in the consumption of potential work.
Effect of the Purge Gas Flow Rate on the Energy Requirement
Figures 6(a) and 6(b) show that, for the same column wall temperature, the energy requirement decreases as the purge gas flow rate is reduced. This is due to a higher ethanol loading in the effluent (equivalent to a reduction of the air requirement), when the purge gas flow rate is lower, coming from a higher contact time between the gas and the column. However, the reduction in the energy requirement is accompanied by an increase in the duration of the regeneration step. The optimal column wall temperature is lower for the lower purge gas flow rate because the contribution of the compression and refrigeration work in equation (33) is smaller. As a result, the increase of potential work consumption with the column wall temperature is noticeable at lower temperatures. Using the lowest purge gas flow rate studied (Q F = 2.1 × 10 -6 m 3 s -1 ) and the corresponding optimal temperature (T w = 403 K), the overall regeneration energy requirement has been estimated to be 3.8 MJ/kg, which is only a 14.4% of the total energy in the product.
CONCLUSIONS
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